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Liquid-Liquid Contacting in Unbaffled,

Agitated Vessels

Drop size and dispersed-phase holdup were measured for liquid disper-
sions in covered, unbaffled agitated vessels with no gas-liquid interface and

hence no vortex for batch and continuous flow. Vessel diameters of 0.245
and 0.372 m, turbine impellers of diameters 0.0762 and 0.127 m in two
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locations, four organic- and three water-dispersed systems of a wide range

of properties, and a wide range of operating conditions were studied. The
data for average drop diameter and dispersed-phase holdup, from which
specific interfacial area may be computed, were successfully correlated
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through modification of the theories of maximum drop size in an isotropically

turbulent fluid.

SCOPE

Vessels for mechanical agitation of liquids in most
processes are usually operated batchwise and open to the
air with an air-liquid surface, commonly with a rotating
impeller on an axially arranged shaft. Under these condi-
tions, unless the vessel is suitably baffled, a vortex will
form at all but the lowest agitator speeds. Rushton (1951)
has shown that when a vortex forms, it is impossible to
scale up the power requirement for agitation, even with

Bruce Weinstein is with Charles Ross and Sons, Hauppauge, N. Y,
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geometrically similar vessels. Since the vortex can be
eliminated by introducing four wall baffles (Mack and
Kroll, 1948), almost all subsequent work with agitated
vessels has been done with baffles installed.

In liquid-liquid extraction operations, two immiscible
liquids are vigorously agitated so as to disperse one of
them into tiny droplets of large interfacial area. Since one
of the liquids is invariably organic, it is desirable to
operate the agitated vessel covered; and since the opera-
tions usually require continuous flow of the liquids, it is
easy to operate the vessel completely filled with liquid,
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that is, with no air-liquid interface. Under these condi-
tions, there is no vortex even in the absence of baffles.
Furthermore, Laity and Treybal (1957) have shown that
for such vessels power characteristics can be scaled up for
agitation of either single- or two-phase liquid systems.
There is a growing accumulation of evidence that
unbaflled vessels operate more efficiently, that is, with
less power for the same result, than do baffled vessels,
and they thus become very attractive, particularly if the
vortex is eliminated. For example, the rate of catalytic
hydrogenation of dinitrotoluene in solution is substan-
tially larger in the absence of baffles than with baffles
(Greenfield, 1969). When such vessels are used to carry
out second-order, competitive-consecutive, liquid-phase
reactions, the power required to attain specified yields is
substantially less without baffles (Paul and Treybal, 1971).
In the case of continuous liquid extraction in the absence
of an air-liquid interface, Overcashier et al. (1956) show
substantially higher stage efficiencies for the same agita-
tion power in the absence of baffles; the continuous-phase

mass-transfer coefficients are similarly substantially larger
in the absence of baffles (Schindler and Treybal, 1968;
Mok and Treybal, 1971), and these phenomena have been
attributed to the greater coalescence-redispersion fre-
quency for the drops in the absence of baffles.

For purposes of design of liquid-extraction equipment,
we need to know not only the mass-transfer coefficients but
also the interfacial area. There is a large accumulation of
data for baffled vessels but only a few limited measure-
ments of area in unbaffled vessels (Fick et al., 1954; Mok
and Treybal, 1971; Rea and Vermeulen, 1953; Schindler
and Treybal, 1968), and these are insufficient. This paper
reports a detailed study of drop size and dispersed-phase
holdup, from which interfacial area can be calculated, in
unbaffled vessels operated batch-wise and with continuous
flow, with no air-liquid interface and no vortex, for a wide
range of fluid properties, flow rates, and ratio of im-
miscible liquids, impeller speeds, two vessel sizes, and
two impeller sizes and locations. These data are necessary
for estimating stage efficiencies.

CONCLUSIONS AND SIGNIFICANCE

The study included seven liquid-liquid systems formed
from four pairs of organic-aqueous phases of a wide range
of physical properties. The variation of interfacial area,
measured by light transmittance, and dispersed-phase
holdup with location in the vessel was determined, and
vessel-average values of these and the mean drop diam-
eters were computed.

The drop-size data were successfully correlated,
through modification of Hinze’s (19535) theory of the
maximum drop size in an isotropically turbulent fluid, by
remarkably simple equations of the form

ap - 10c1+c£ Vot €4 ( o-gc )c5
Pc

with separate values of the constants for batch and con-
tinuous flow. These equations can be put in the form of
Weber numbers

Nwe = po 2 dy/og, = 10cs+erd

and the expressions for u? required for this are shown to

be characteristic of scales of turbulence for eddies lying
between those in the inertial subrange, sometimes also
referred to as the Kolmogoroff range, and those in the
energy-dissipation range. Correlations were also obtained
for the dispersed-phase holdup for continuous flow. The
interfacial area can be computed from these.

Comparison with a corresponding correlation for baf-
fled vessels leads to the tentative conclusion that for
otherwise equal conditions the interfacial area in baffled
and unbaffled vessels is the same at equal impeller power
per unit volume of vessel contents. It is apparently the
larger mass transfer coefficients, rather than interfacial
area, which accounts for the higher extraction stage
efficiency in unbaffled as compared with baffled vessels.

The new correlations represent essentially the only such
information for unbaffled vessels, and they also cover a
range of conditions exceeding any thus far reported for
baffled vessels. They provide information essential to the
interpretation of the mass-transfer characteristics of un-
baffled vessels used for liquid extraction, and to the de-
sign of such vessels.

The detailed studies of interfacial area and drop size
for liquid-liquid dispersions in agitated vessels have all
been limited to baffled vessels, and with few exceptions to
batch operation. Space limitations preclude a complete
review. Only the relatively recent studies have considered
the variation with location of such things as drop. size,
specific area, and the like. From these something of the
scope of the problem can be gleaned. A variety of tech-
niques has been used, and it is uncertain what influence
the technique has on the observed phenomena.

Although we do not have the detailed dependencies on
conditions, it is known that drop size varies with location
in both baffled vessels (Calderbank, 1958; Mlynek and
Resnick, 1972; Mok and Treybal, 1971; Schindler and
Treybal, 1968), and in unbaffled vessels (Mok and Trey-
bal; Schindler and Treybal). The drop size at any location
in baffled and unbaffled vessels is not uniform (Chen and
Middleman, 1967; Kawecki et al., 1967; Schindler and
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Treybal, 1968; Sprow, 1967; Sullivan and Lindsay, 1962),
and is influenced by flow rate (Bouyatiotis and Thornton,
1963, 1967; Mok and Treybal, 1971; Schindler and Trey-
bal, 1968). The dispersed-phase holdup, that is, drop
concentration, varies with location (Mok and Treybal;
Schindler and Treybal). During continuous operation at
all but very high impeller speeds, the average dispersed-
phase holdup in baffled vessels is less than the fraction of
dispersed phase in the combined feeds, at least if the dis-
persed phase has the smaller density and the flow is up-
ward (Bouyatiotis and Thornton, 1963, 1967; Treybal,
1963). A detailed study of unbaffled vessels must consider
these phenomena.

The following definitions are useful. The Sauter-mean
drop diameter is the uniform diameter which provides the
same volume/area as is actually present in a dispersion of
nonuniform drop diameters. The local value is dy
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The local dispersed-phase holdup and specific interfacial
area are ¢ and g, respectively. The vessel-average of these

are dy, ;, and g, and the relationships among them are

a=6¢p/dy; a=6¢/d, (2)

The vessel-average values have the greater utility in ex-
tractor design.

APPARATUS AND PROCEDURES

A detailed description is available elsewhere (Weinstein,
1972). Two mixing vessels (Figure 1) were used, each con-
structed of a Pyrex glass cylinder closed with stainless-steel
end plates. The lower plate of the smaller vessel contained a
circular glass window, flush inside, through which the disper-
sion could be photographed. The upper plate, made with a
slight taper to facilitate removal of air while filling, contained
a large opening fitted with a vertical chimney for introducing
a light-transmittance probe and a sampling thief. The port was
nearly closed by a close-fitting plate, flush with the top of the
vessel, through which those devices passed, thus preventing
entry of air into the vessel. The liquids to be contacted were
pumped separately into the bottom of the vessel at rates mea-
sured by Rotameters; the dispersion left at the top and passed
to a 0.45-m® (120 gal.) stainless-steel continuous settler, The
settled liquids were then circulated back to the mixing vessel.
The liquids came into contact only with stainless steel, glass,
and Teflon.

The geometrically similar, 6-bladed flat-blade turbine im-
pellers were located on the axes of the vessels, centrally as in
Figure 1 and also at H/3 from the bottom. The circular plates
upon which the blades of the turbines are fastened are D/1.5
in diameter, and the blades are D/5 X D/4. The combination
of smaller impeller in the smaller vessel, with larger impeller
in the larger vessel at a similar location, provided essentially

| IMPELLER SHAFT

CHIMNEY ~__
=—— DISPERSION OUT

—

IMPELLER
/

| i GLASS
= B—LLLE/ " CrLINOER

r
1—— ORGANIC LIQUID IN
WATER IN
VESSEL H, m T, m o,m (in.)
SMALL 0.245 0.245 0.0762, 0.127 (3,5)
LARGE 0.382 0372 0./127 (5)

Fig. 1. Agitated vessels, schematic.
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Fig. 2. Light-transmittance probe.

geometrically similar configurations.

The specific interfacial area was measured by the light-
transmittance technique (Rodger, 1956; Trice and Roger, 1956;
Schindler and Treybal, 1968; Mok and Treybal, 1971). In this
case the light probe was made of two fiber-optic light pipes
especially made by Bausch and Lomb, Inc. Refer to Figure 2.
Each light pipe consisted of a bundle of many glass liglit wires
encased in 9.52-mm diam. stainless steel tubing. Both the
tube for admitting light and that for collecting it, rigidly
clamped relative to each other, entered from the top through
the plate previously described, and the dispersion gap was 14.3
mm. The probe could be moved about in the vessel, within
limits, for exploration. The electronic circuitry for amplifying
the photo-cell output was similar to that of Rodger (1956). In
order to calibrate the device, photographs were taken through
the window in the bottom of the smaller vessel, using the same
camera and techniques described in detail earlier (Schindler
and Treybal, 1968). Photographs of the dispersion were taken
while the gap between the light pipes was located at the
extreme Dbottom of the vessel. During these measurements the
vessel was operated batch-wise with mutually saturated liquids.
Each photograph showed the image of a hypodermic tube
mounted on the upper side of the glass window to establish
a length standard. The developed film was projected onto a
screen and when the drop-size distribution was obtained, an
interfacial area was computed and related to the photocell
current. Calibration was necessary for each combination of
dispersed and continuous liquid. In each case, graphs resem-
bling those of Schindler and Treybal resulted. As with all light-
transmittance techniques, indeed with all available techniques,
there is no way of assessing the influence of the method of
measurement or the instrument used. The present probe has
less bulk than others that have been used and should have
caused a minimum of disturbance.

Dispersed-phase holdup was measured at the same locations
as the light-transmittance measurements by withdrawing a
250-ml sample of the vessel contents. Local mean drop diam-
eters were then computed from the specific area and holdup
with Equation (2). Light-transmittance and dispersed-phase
holdup measurements for each system were made at locations
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for two of the vessel arrangements as shown in Figure 3 and
for other arrangements in similar locations.

Four pairs of organic liquids with water were studied, in
each case with organic liquid both continuous and dispersed,
making eight systems in all. The laboratory distilled water and
commercial grade (994 wt. % pure) organic liquids were used.
All experiments were conducted with mutually saturated lig-
uids, and there was therefore no mass transfer. Temperatures
ranged from 24°C to 31°C, for which detailed property data
were obtained; an abbreviated list of properties is shown in
Table 1. Table 2 lists the range of conditions studied.

EXPERIMENTAL RESULTS

Complete tabulations of all experimental data for 818
runs are available elsewhere (Weinstein, 1972). It was
impossible completely to disperse water in isopropyl ben-
zene at the upper limit of impeller speeds available, 10.33
rev/s and data for this combination are not further dis-
cussed. Data for water dispersed in methylamyl acetate are
anomalous, and these also are omitted from the discus-
sion which follows.
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Fig. 3. Measurement points for centrally located impeller. Measure-
ments made at points marked X.

Local values of dispersed-phase holdup, mean drop
size, and specific area all vary with location in the vessel;
Figure 4 shows an example of this for a particular set of
conditions. Dispersed-phase holdup tends to be larger at
the top of the vessel for cases where pp < pc and larger at
the bottom when pp > pc. It becomes more uniform
throughout the vessel at higher impeller speeds for lower
values of density difference of the liquids, and when the
impeller is at the lower position. Generally, the nature
of the variation of ¢ with location is relatively independ-
ent of flow rate. Nevertheless, at very high flow rates of
the dispersed liquid and lower impeller speeds, the feed
stream penetrates several centimeters into the vessel before
being dissipated, and ¢ is then lower near the bottom of
the vessel and higher near the top, as compared with
values for batch operation. The effect, however, is not
large.

Drop diameters are invariably smallest in the vicinity
of the impeller. In the impeller discharge stream, drop
size increases as radial distance from the impeller in-
creases, owing to coalescence. At a radial distance from the
impeller top of about 6.5 cm, the drop diameters are
about the same as those in the bulk of the vessel volume.

Generally, the shape of curves such as those of Figure
4 depend upon impeller speed, liquid properties, vessel
geometry, and to a lesser extent, upon flow rate. Except
in the immediate vicinity of the impeller, d,, ¢, and a are
practically independent of radial position.

Vessel-average values of the dispersion properties are
of greatest value; these may be estimated from curves
such as those in Figure 4. Such detailed explorations,
from measurements at points marked X in Figure 3, were
made for each system studied. But in order to reduce the
time required, measurements for most of the runs were
taken at key locations, such as those marked in Figure 3,
where the measured ¢ and a could be used to compute

accurate vessel-average values ¢ and a. The detailed pro-

TABLE 1. SysTEM PrOPERTIES AT 25°C

Viscosity  Interfacial
Density, N- tension,
kg/md3 = s/m?= N/m =
Saturated liquid (g/cm3)  centip/  (dynes/cm)/
solvent/solute (1000) 1000 1000
Cyclohexanone/water 946  0.002015 0.00376
Water/cyclohexanone 996 0.001146
Octanol/water 831 0.00743 0.0102
Water/octanol 996  0.000902
Methylamyl acetate/water 857 0.000863 0.0166
Water/methylamyl acetate 997 0.000892
Isopropyl benzene/water 856 0.000722 0.0360
Water/isopropyl benzene 996 0.000896

TasLE 2. RANGE oF CONDITIONS

Avg. specific

Impeller Flow rate Dispersed-phase Avg. dispersed interface
Impeller speed, total liquid fraction of phase holdup, Avg. drop diam., area, @,
Vessel diam., m rev./s m3/s X 104 total feed? 73 dp, m X 104 m2/m3
Small 0.0762¢ 5.0-10.33 0-3.785¢ 0.125-0.833 0.079-0.593 2.32-8.44 991-6560
Small 0.1274 2.5-5.33 0-3.785 0.125-0.833 0.090-0.512 2.21-6.74 1253-7255
Large 0.127 4.17-5.33 0-3.785 0.125-0.500 0.079-0.496 2.72-6.95 1204-6002
46 gal/min. ¢ 3 in,
® Continuous flow. 45 in,
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Fig. 4. Influence of vertical position. Octanol dispersed in water,
batch, small vessel, small impeller rotating at 6.67 rev/sec

cedure for this is described elsewhere (Weinstein, 1972).
No data could be taken directly under the impeller, and
average values as calculated in this manner are assumed
to be valid for this region. The vessel-average d, was
then computed through Equation (2).

CORRELATION OF THE DATA

The data were successfully correlated by modification
of Hinze’s concept of the mechanism of the splitting of
drops in isotropically turbulent fluids. Upon consideration
of the forces acting upon isolated liquid drops immersed
in the turbulent fluid, Hinze (1953) obtained

Nwe,c = pc U? dmax/oge = constant (3)

as the minimum value of Ny, when drop breakage occurs,
on the assumption that N, is small relative to unity.
When computed with d,, our values of N lie in the
range 0.0045 to 0.1495, which is taken to be suitably
small. Figure 5 is a representation of the energy-spectrum
function for eddies in a turbulent fluid. For drops of a
size similar to eddy wave lengths in the inertial subrange
(Hinze, 1959),
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EE: Cl(€ dmax)2/3 (4)

and, if 3;, is taken proportional to di.x for any particular
drop-size distribution, then substitution into Equation
(3) produces

&= Cy = ¥5(q ge/pc) s (5)

Now, Cutter (1966) reported the scale of turbulence
for the energy-containing eddies in the impeller-discharge
stream of an agitated, baffled vessel, which may be ap-
proximated by (Schwartzberg and Treybal, 1969)

1
—=L,=0.08D (8)
ke
The scale of energy-dissipating eddies is (Hinze, 1959)
1
— =q = (y¥/e)l/4 (7
d

Our values of d, are in the range 2.21 X 10~* to 8.44 X
10=% m, while our L, = 61 X 107% to 102 X 10-* m,
and our = 0.36 X 107% to 3.2 X 10~* m. Therefore our
drops are probably similar in size to eddies in the wave-
number range between the inertial subrange and the
energy-dissipation range.

The universal equilibrium range includes the initial
subrange and all larger wave numbers, and Heisenberg’s
(1948) spectrum function may be assumed. For wave
numbers near the dissipation range, it can be simplified
and integrated (Weinstein, 1972) to yield

?1—2 =Cszvc% 52711)6 (8)

This, with Zp instead of dmax in the definition of Ny,
produces

—cf,, = Cyvc?7 €—2/7((, gc/Pc)m (g)

Since our d, lie in a range of wave numbers between
those of the inertial subrange and the dissipation range,

an empirical expression for u? is needed. This is taken to

be

w = y v eC'a—(l_;,C'a (10)

SPECTRUM  FUNCTION

! I
l )
ke kg
WAVE NUMBER, k

'-t— UNIVERSAL EQUILIBRIUM———
RANGE

ENERGY- INERTIAL
CONTAINING SUBRANGE
EDDIES

Fig. 5. Energy-spectrum function for eddies in a turbulent fluid,
after Hinze (1959).
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TaBLE 3, Drop DiAMETERs FOR BATCH OPERATION

Circumstance Equation Equation Avg. dev., % Max. dev., %
All data dp = 10€—2316 + 0.6725) ,,0.0722 ¢~0.194 (g g./p )0-196 (13a) 7,048 26.74
Nwe = 10(-10.09 + 3.428%) 8.75b 28.6%
U2 = ~ po—0-368 £0.990 Ep4.1o3 '
Both vessels dp = 10(—2488 + 0.7148) ,0.0700 ¢=0.213 (5 g./pc ) 0-171 (13b) 5740 20.40
D 1 Nwe = 10(—12.20 + 4.1724)
T 3 U2 = 5y yo— 0409 ¢1.246  4.841
Small vessel dp = 10(—1:645 + 0.5878) ,,00.100 ¢=0.253 (g g /pc)0-298 (13¢) 5720 31.40
D 1 Nywe = 10(—4802 + 1.9678)
T 9o U2 = vy po 0335 0.850 ] 2.35¢

¢ Impeller centrally located.
b Impeller in lower position.

which can revert to Equation (4) (with d, instead of
dmax) or to Equation (8) with certain values of the ex-
ponents. In combination with the definition of Nyw,, there
is obtained for isolated drops

dy = Cs v €50 go/pc) e (11)

The systems of the present work differ from that of
Hinze in that swarms of drops were present, and there is
an observable effect of drop concentration, or ¢. The
drops in the swarm discharged by the impeller stream
have the statistical-average stable size for a turbulent
field corresponding to the local energy-dissipation rate.
1If ¢ were very small (say of the order of 0.01), then while
drops traversed the bulk region of the vessel there would

be very few drop collisions and coalescences, so that d,
would then be characteristic of the energy-dissipation
ratio at the impeller. But in this work, ¢ = 0.08 to 0.60,
and collisions and coalescences are frequent—at a rate
which increases as ¢ increases. In order to account for
this influence of ¢, Equation (11) was therefore modified
by introducing various functions of ¢ of which the most
successful empirically is

file) = 107+ (12)
Equation (11) becomes, upon inclusion of Equation (12),
dp = 10°1+ % 5% &4 (o go/pc) (18)

for which the constants were determined from the data
by a least-squares fit.

BATCH OPERATION

It has already been pointed out that % is nearly charac-
teristic of the drop size in the bulk region of the vessel.

Local values of ¢ and uZ vary with location, and Cutter
(1966), for example, indicated that for baffled vessels
vessels as much as 75% of the power input may be dis-
sipated in the vicinity of the impeller. For unbaffled ves-
sels, the energy-dissipation rate characteristic of the bulk
region will be some unknown fraction of

€ = - _'_—ch
V(1 —@)pc

and the unknown fractions will be incorporated in the
coefficient of Equation (11). Values of P were computed
from the correlation of Laity and Treybal (1957).
Results are shown in Table 3 in the form of Equation
(13) and also expressed as the dimensionless Ny, In

(14)
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addition, equations for the corresponding u? are included
to show that the exponents lie between the values charac-
teristic of the inertial subrange and the energy-dissipation
range of the eddies. The effect of impeller location at least
for the two positions studied is inconsequential.

CONTINUQUS FLOW

For the flow rates used in this work, the times of resi-
dence of the dispersed phase in the vessel were from 9.9
to 251 sec. For batch operation, it was observed that the
steady state drop size usually required an agitation time
of from 300 to 600 sec., with smaller values for larger
values of impeller power. The implication is that d;, should
be larger for continuous flow than for batch operation, to
an extent depending upon the residence time.

When the dispersed liquid enters the vessel, it is rapidly
broken down to globules that are several times larger
(say 4 to 10 times) than the average steady state d, for
flow conditions. Only eddies of a size comparable to d,
cause breakage; larger eddies merely carry the globules
along and smaller eddies do not contain sufficient energy.
Whatever the breakage mechanism, the time required
for final breakage of the globules should be inversely re-
lated to the frequency of the eddies of size d,, in turn
directly related to d, and hence to o. An increase in inter-
facial tension should increase the time required for the
feed stream to attain steady state drop size, and for other-
wise equal circumstances, the ratio d,(flow)/d,(batch
should be larger for larger o. Figures 6 to 8 demonstrate
this: for a system of very low interfacial tension, the
effect of flow rate on d, is negligible, but the influence
becomes increasingly strong as the tension increases,
somewhat moderated by higher impeller speeds.

The effect of residence time can be accounted for by

modification of Equation (13), replacing fl(a) with
f2(@, tp) = 10¢7+ s+ cato

and correlations of this sort were developed. Actually, ¢
and fp are functionally related, and better correlations
were obtained by eliminating ¢p and using Equation (13)
for d,, together with a separate correlation for .

For batch operation, all the impeller power is dis-
sipated in the vessel. For flow operation, some of the
impeller power is removed in the form of surface energy
in the drops leaving with the effluent dispersion. The
total rate of flow of interfacial swrface in the effluent is

6 Qp/d,, and the corresponding power is
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Fig. 6. Influence of flow rate. small vessel, small impeller: A, cyclo-
hexane dispersed in water, interfacial tension — 3.76 dynes/cm;
B, octanol dispersed in water, interfacial tension — 10.2 dynes/cm.

Pp = 6 Qpo/d, (14)
The energy-dissipation rate for continuous flow is then
(P—P D)gc
€= ————— 15)
V(= e (

In most cases Pp was between 1 and 3% of P, never
greater than 6%. P was calculated from the correlation of
Laity and Treybal (1957).

Energy also entered the vessel in the form of kinetic
energy of the feed streams and left as kinetic energy of
the effluent. The net input of energy from this source was
negligible.

With respect to dispersed-phase holdup, as with baf-
fled vessels, so with unbaffled vessels: the average ¢ is
different from that corresponding to the fraction that the
dispersed liquid represents of the toal feed. Owing to a
lack of information on the fluid dynamics of unbaffled
vessels, it was not found possible satisfactorily to develop

a theoretical approach for describing . An empirical
approach was therefore adopted, using standard dimen-
sional analysis:

Ny = Cg Nps® Np® Ny Ngd N,# (16)

The results are shown in Table 4 for d, and in Table 5
for ¢. As with batch operation, the exponents in the ex-

pression for u? lie between values corresponding to the
inertial subrange and the energy-dissipation range for the
eddies. In the case of ¢, separate correlations are necessary
for dispersed phase lighter and heavier than the continu-
ous phase, respectively.
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Fig. 7. Influence of flow rate, small vessel, small impeller: methylamyl
acetate dispersed in water, interfacial tension = 16.6 dynes/cm.
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TasLE 4. Drop DiaMETER FoR CoNTINUOUS FLOoW

Circumstance Equation Equation Avg. dev., % Max. dev., %
All data }Z, — 10(—2.066 + 0.732) vc0-047 ¢=0204 (5 g./p ) 0274 (13d) 7.29¢ 39.5¢
Nwe = 10(—6.614 + 2.6735) 10.1b 28.6b
U2 =y po—0173 0.748 %2.850
Both vessels dy = 100-2.192 + 0.7655) ,0.0344 ¢—0.192 (5 g /p)0-263 (13¢) 7.69¢ 99.98
D N 1 Nwe = 10(—7-303 + 2.9095)
T 3 7% = &y yo—0.181 0.730 T 2.802
Small vessel dp = 10(=1759 + 0.6499) ;,c0.0706 ¢—0.247 (g g/ ) 0.304 (13f) 5.19¢ 26.4¢
D 1 Nwe = 10(~5.122 + 2.1338)
T 39 W% = y yo—0.252 D812, 2.288
o Impeller centrally located.
b Impeller in lower position,
TasLE 5. DispERSED-PHASE HoLpup For CoNtiNvous UrwARrD FrLow
Circumstance Equation Avg. dev.,, % Max. dev., %
ep < pc
All data N = 100530 Np 0-247 Np—0.427 N,—0.430 N g —0.401 N,0.0887 11.3¢ 64.20
12.5% 55.4b
Both vessels
2 . _l_ Ng = 100753 Np,0-284 Np—0-480 N,—0.396 N o—0.449 N,,0.0027 9.92¢ 44.0°
T 3
Small vessel
2 N _1_ Ny = 101.963 Np,0.801 Np—0.416 N,0.231 No—0.304 N, —0.0410 9.200 29.00
T 2
PD > pC
All data Ny = 100708 Np,—0.131 Np—0.0752 N, ~0.0677 N ;0.0209 N,0.0949 4.35¢ 12.9¢
4.58v 12.68%

¢ Impeller centrally located.
5 Impeller in the lower position,

ANOMALOUS SYSTEMS

None of the correlations include data for the system
water dispersed in methylamyl acetate, although data for
the ester dispersed in water are included. The drops in
both cases would be anticipated to be about the same
size, in view of the physical properties but for water dis-
persed d;, was about half that for ester dispersed. Further-
more, for water dispersed, there was only a very modest
variation of drop size with location throughout the ves-
sel. Under batch conditions it was easily possible to main-
tain a value of ¢ of 0.60, as large as 0.70 under flow
conditions. The evidence suggests that the water drops in
some manner were stabilized, that is, prevented from
coalescing, for reasons not now known.

In the case of water dispersed in isopropyl benzene, it
was not possible to maintain a dispersion with the im-
peller speeds available with our speed reducer.

These and other water-dispersed systems are under
further study.

OTHER CORRELATIONS

The other correlations in the literature are for baffled
vessels. They were nevertheless tested with the present
batch data for unbaffled vessels. The best was that of
Bouyatiotis and Thornton (1967), which can describe d,
moderately well (average deviation 10 to 17%) for dis-
persions of octanol, methylamyl acetate, and isopropyl

AIChE Journal (Vol. 19, No. 2)

benzene in water, for which the physical properties are
in the range studied by them, but which substantially
overestimates the drop size (av. deviation 35 to 232%)
for cyclohexanone dispersed in water, and for water dis-
persed in cyclohexanone or in octanol, for which the
properties are outside the range they studied. In view of
the fact that both their and our correlations depend
strongly upon the power dissipation, this supports the idea
that baffled and unbaffled vessels may develop approxi-
mately the same specific interfacial area when compared
at the same power/volume and the same dispersed-phase
holdup.

ACKNOWLEDGMENT

We gratefully acknowledge support by the National Science
Foundation, under Grants GK-1406 and GK-14007.

NOTATION

a = local specific interfacial area, m?/m?
a = vessel-average of a, m?>/m®

C:-C4, Cg = dimensionless constants

Cs; = dimensional constant

¢i-cs, €'1-C’'9 = constants

D = impeller diameter, m

d; = diameter of the ith drop, m
dmax = maximum drop diameter, m
d, = local Sauter-mean drop diameter, m

d, = vessel-average of d,
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fu,fa = functions
g acceleration of gravity, m/s?

]l

ge conversion factor: 1 kg'm/N-s?; 32.17 (lb.p,)-
ft/ (lb.;) -s2

H = height of liquid in vessel = height of vessel, m

kg = wave number characteristic of energy-dissipating
eddies, m—!

ke = wave number characteristic of energy-containing
eddies, m—1!

L. = average size of energy-containing eddies, m

Nr = Qppc o ge/uc®, dimensionless

N¢ = pclg/pc o g8, dimensionless

Npy, = PQppc®/V og:?, dimensionless

Nuyis = up/ (ppog.d)®3, dimensionless

Nwe = a Weber number, pct le/a-gc, dimensionless

Nwe.c= a critical value of Nw,, dimensionless

w = pp/uc, dimensionless

N, = Ap/pc, dimensionless

Ny = @/xr, dimensionless

n; = number of drops of diameter d;

P = power input to impeller, N-m/s

Pp = rate of energy removal by dispersed phase, N*
m/s

Q = flow rate, m%/s

t = residence time, s

w2 = square of root-mean-square turbulent fluctuating
velocity over the wave-number range under con-
sideration m2/s?

V = vessel volume, m3

xr = volume fraction of dispersed liquid in feed mix-
ture = Qp/(Qc + Qp), dimensionless

v = a dimensional constant

ap = absolute value of density difference = |poc — pp),
kg/m3

€ = rate of energy dissipation/mass of liquid, m2/s3

7 = size of energy-dissipating eddies, m

# = viscosity, N's/m? = kg/m-s

v = kinematic viscosity, m?/s

p = density, kg/m?

o = interfacial tension, N/m

¢ = local dispersed-phase holdup, m® disp.-phase
holdup/m? dispersion

¢ = vessel-average of ¢, m3/m3

Subscripts

C = continuous phase

D = dispersed phase

All equations except Equations (13a) to (13f) may be
used directly with any consistent set of units. Table 6
lists values of ¢, in the coefficient 10 of these equations
for English units as well as for S. I. units.
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